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1.1

1.2

Motivation of Kinetic Measurements

Kinetic Measurements for Design Purposes
design of chemical reactors: laboratory — pilot plant — plant
empirical kinetic expressione.g. r = k - E[ci”i
quality control in catalyst production
comparison of different catalyst brands

catalyst deactivation studies

Kinetic Measurements for Mechanistic Studies

a rate law derived from a proposed reaction mechanism (e.g. from litera-
ture data, reaction specific experiments, theoretical calculations) has to be
conform with the measured kinetic data but a reaction mechanism can not
be derived from kinetic data alone (additional spectroscopic experiments,

calculations etc. necessary)
general form of arate law: r = f(cy,co, ..., ¢;, T, Ny, ki, ko, ..., ki, K1, Ko, ..., K3)

conformity is verified by comparing numerical predictions with experimental

rate data by means of statistical methods

conformity does not prove the proposed mechanism as true because dif-
ferent mechanisms can predict the same rate data equally well, however,

nonconformity disproves a mechanism

fit of rate law to rate data can provide kinetic parameters



2 Elementary Concepts

2.1

2.1.1

Rate of (Heterogeneous Catalytic) Reactions

Single Stoichiometric Reactio

n

¢ the rate of a chemical reaction (only in connection with defining equation) is

defined as

example: ammonia synthesis

NQ + 3H2 — 2NH3

introduction of extent of reaction ¢, [¢] = mol:

TN, (t) = NN, (0) -1 f(t)

na, () = 1w, (0) = 3 - (1)

rate of N, consumption:

an2 B
d
rate of H, consumption:
dnH2
d
rate of VH; production:
anHs _
dt
rate of reaction & in mol/s
: 1 d?’LN2
e

d¢ :
-1 -—==—-1"-
dt 3
d§ :
3-—=>2=-3-
dt ¢
d¢ :
=192. 2 =149.
T2 =T
_idn[b _ianHi”

-3 dt 42 dt

(1)

(9)

r is an extensive quantity and as such dependent on the size of the reaction

system



e it is more practical to make r independent of the size of the reaction system
(intensive quantity)
e for homogeneous reactions it is common to refer r to the reaction volume

ldni ry] = mol
vy Vdt =

(10)

Ty =
m3.s

e in heterogeneous catalysis r is typically referred to the catalyst mass = r,,

T = 3 [rm] = mol (11)

Meat B kg © S

e even better is to refer r to the surface area of the catalyst = r4 (specify
whether A is the total surface area (e.g. from BET) or the surface area of

the active component (e.g. from chemisorption measurements))

mol

- [ra] = (12)

TaA = Ee—
Aot m2-s

e most meaningful is the expression of r in terms of a Turn Over Frequency
TOF in s~}

e with A = catalyst surface areain m? and I" = surface site density in mol sites/m?

TOF = F£ (13)

e ideally, TOF measures a ‘site activity’ — comparison of catalysts, role of

promoters, support effects...

e TOF’s are difficult to measure because they require nature and number of
active sites to be known (TOF’s mostly used for metal catalysts, difficult for

oxides)

2.1.2 Multiple Reactions

e if only one stoichiometric reaction describes the changes of all species con-
centrations (e.g. ammonia synthesis) r» can be measured directly by mea-

suring how quickly one involved species is formed or consumed (see Eqgn. 1)
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¢ if multiple (j) stoichiometric reactions (so called key reactions) have to be

2.2

invoked to describe the changes of all species concentrations, r; can not be

determined directly

example: synthesis gas production by steam reforming of methane (e.g. on

Ni catalysts)

CHy + H,O — CO + 3H, (14)
CO + Hy,O — COy + H, (15)
CH, — C + H, (16)

C + H,O — CO + H, (17)
200 — C' + CO, (18)
2CH, — CyHg + Hy (19)

the reaction rates r; can not be directly determined from the measurable

molar species changes, e.g. ri4 # dnco/dt, because

dnco
dt

RCO: :+1'T’14—1'T15+1‘T17—2'7’18 (20)

if all production (consumption) rates of a set of key components [1] can be
measured, a linear system of equations like Eqn. 20 results and the r; can

be calculated

in many cases it is sufficient to work with R;, the measurable species pro-

duction (consumption) rate

Ri = ZVU’T’]‘ (21)
J

Order and Stoichiometry

the order of a reaction in the concentration of a certain reactant is given by

the best fit between a rate equation and the experimental data

there is no necessary connection between the kinetic order and the stoi-

chiometry of the reaction



e example CO + 1/20, — CO, on Pd: stoichiometry suggests n(CO) = 1 but

3.1

kinetics suggests n(CO) = —1

stoichiometry and order are rarely equal because a stoichiometric equation
is an overall description of a series of elementary steps and but only the

slowest step is reflected in a kinetic measurement
example: 2A+ B+= P

Stepl: A+ B = (AB) (AB)=K,AB (22)

Step2: B+ (AB) = (BAB) (BAB)= Ky(AB)B = K,K,AB{23)

Step3: A+ (BAB) = P+ B (24)

Overall :2A+B = P (25)

if Step 1 is slowest, r = k; - A - B; if Step 2 is slowest r = ky - K; - A - B?; if
Step 3 is slowest r = k3 - K, - K; - A% B?

Kinetic Measurements in the Lab

General Procedure

for heterogeneous catalytic reactions, the reaction is usually performed in a

catalytic reactor (sometimes batch-, mostly continuous operation)
it is measured how species concentrations vary with time (n;(t), ¢;(t), pi(¢)...)

in flow systems ¢ is replaced by 7, the contact time between the reactants

and the catalyst 7 = volume catalyst bed/volumetric flow rate

if the reactor is operated differentially (small conversions AX; < 0.1), the

reaction rate can be measured directly

1 C; ()dXZ
S 26
" V; dt ( )

deg

and assigned to ¢; = c;p + %5



3.2 Differential Data Analysis

e means that we use the suggested rate law in its differential form, i.e.

"= ;7, dt - f(Cl,CQ, -Ci'aC7HT) (27)

e this requires differential data, i.e., either a direct measurement of the rate r
dTLi

. . . . . . . 1
or in case of data like n;(¢), ¢;(t), p;(t) numerical differentiation to yield ;- <z,

Lde 1dpi (see Figure 1)

v dt ? v; dt "
2,0 0,20
mol- [ mol-['s™
= “
° 157 0,151
1,0- 0,10-
dc;
0,5 ¢ = f(t) ] ... NP
i i OJOS de f(C|)
0 0 20 30 40 s 50 0 05 10  15moi'20

Figure 1: Differential analysis of rate data measured for a first order reaction

r =k - ¢; (adopted from [1])

e for parameter estimation it is always beneficial to transform the rate law into
a linear form because the statistics of linear regression is easy and fully

developed
e examples:

o r=k-c; = easy,plotrvs. ¢ (e.g. Fig. 1)

or=k-c=lInr=Ink+n-Ing,plotinrvs. ing

— _kpi pi 14, K Pi .
O 1= = B =1+ % pi plot & vs. p;



3.3

Integral Data Analysis

e means the suggested rate law is integrated analytically or numerically =

3.4

ni(t), cf(t), pi(t)... = comparison with experimental data (n;(t), ¢;(t), p;(t)...)

2

by means of statistical methods

1 dg; ¢i de; t ¢
r:——lzk'ci:>/ —Z:V,»-k;/dt:>ln—é:mktici:cgel’ikt
v; dit e 0 ;

(28)

7

Ideal Reactors and Laboratory Reactors

reactors for kinetic studies are often constructed to perform like one of the
three ideal reactors i) batch reactor ii) PFR or iii) CSTR because these re-

actors are easy to analyze

species mass balances as shown in Figure 2 are used to connect measur-
able quantities (concentration changes, reactant conversion, catalyst mass,

flow rates) with the reaction rate = design equation

mass mass in mass out
accumulation| [by convection| [by convection

mass in mass out | mass change
by diffusion by diffusion by reaction

Figure 2: Typical components of a mass balance

for isothermal reactors (ideal for kinetic studies as » = f(7')) there is no
need to solve a heat balance, for non-isothermal reactors an analogous

heat balance is solved

3.4.1 Batch Reactor

batch reactor assumptions: constant mass, perfect mixing (no temperature

and concentration gradients (Fig. 3))



—

smartly chosen
control volume 1

mass=const.

poorly chosen
i control volume

Figure 3: Schematic of a batch reactor and control volumes

e advantage: simple design (Figure 4 shows a batch reactor approach for

heterogeneous catalysis studies)

Figure 4: Spinning basket (Berty) reactor as laboratory approach of a batch reac-

tor

e disadvantage: difficult to define ¢t = 0

e online analytic (e.g. conductivity, viscosity, pressure, UV, IR) or discrete

sampling (e.g. GC, HPLC, reaction quenching important!!!)

e often used for rather slow gas phase or liquid phase reactions (tsew., <

Lreaction, €Xxact definition of ¢y)

¢ with the mass of the species m;, the species consumption rate R; and the

molar mass of the species M; the mass balance yields:

dmi:Ri.Mi [@:@ﬁ] (29)

dt s s mol
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e note that the batch reactor operates in transient regime (dm;/dt # 0)

e as dm; = dn; - M; and for a reactant dn; = —nldX; Equation 29 transforms

into

dX; mol  mol

V=L =R, [—=—"F=

e (30)

¢ as the volume of the reacting fluid V' (liquid or gas) is typically constant in
a batch reactor, the reactant consumption can be referred to V' which is
practical as typically concentrations are measured

nd dX; 0 dX; de; v [mol mol
_—— = —(C- = —— = . _——
Vo dt bodt dt Y 'm3s m3s

] (31)

e alternatively, the reactant consumption rate can be referred to the catalyst

mass
o on) dXi m mol 1 mol (32)
Meat dt kgcat S kgcat © S

e as a batch reactor experiment gives data like X;(¢) one calculates the re-
action rate after numerical differentiation from d.X;/dt (Equations 30-32) or

uses the integrated rate law

e assigning the R;’s to concentration values is straightforward, as the concen-
trations are measured for each time and are the same everywhere in the

reactor (ideal mixing)

3.4.2 Plug Flow Reactor (PFR)

e Figure 5 shows a schematic of a PFR reactor and typical approaches by lab

reactors

e PFR assumptions: i) plug flow ii) no radial concentration gradients iii) no

diffusive transport in flow direction

e to relate the reaction rate with measurable quantities a mass balance is
invoked (Fig. 6)

11



poorly chosen control volume
smartly chosen control volume

-
:: ............ = mass out
= |

mass in

" Union
— | Swagelok
Nut coupling
_. Catalyst

U-shaped Concentric

Figure 5: Schematic of a PFR and laboratory approaches

e note that in steady state, a PFR operates stationary and there is no accu-

mulation term (dm;/dt = 0)
e in Egn. 33, p is the fluid density in kg/m?, u is the fluid velocity in m/s, Y; is
the unitless mass fraction of species i, A is the cross section of the volume

element in m?, R; is the production (consumption) rate of species i in mol/s

and M; is the molar mass of species i in kg/mol

e as puY;A is the mass flow rate r; of species i in kg/s which can be ex-

pressed in terms of a molar flow rate »n;, Eqn. 34 simplifies to
e as noted in Section 2.1, a catalyst mass related reaction rate is more suit-

able in heterogeneous catalysis than the extensive species production (con-

sumption) rate R;, for that reason both sides of Eqn. 34 are divided by dm. .,

12



Figure 6: Mass balance over a PFR control volume with constant cross section

(A =cross section in m?, p =fluid density in kg/m3, u =flow velocity in m/s,

Y; =mass fraction of species i, dz =length of control volume in m, dV = volume

of control volume in m3, dm,,, = catalyst mass in control volume in kg..)

the differential catalyst mass in the reactor volume dV'

dn;
dmcat

— Ryeot (35)

in practice the conversion X; of a reactant is measured and dn; is expressed

as n? varies from one volume element to the next it is included in the differ-

ential which leads to the so called design equation of a PFR (Eqgn. 36)

B R (36)

note the similarity between Eqgn. 32 and Eqgn. 36
in a PFR the time ¢ is replaced by a contact time m.,; /n?

in a typical flow reactor experiment, X; is measured at the reactor outlet and

plotted against 7, /n?

in principle, X; = f(m.:/n) can be differentiated to determine R[>, but
this gives only a mean reaction rate because the reactant concentrations
vary along the catalyst bed (in contrast to a batch reactor where the con-

centrations are everywhere the same)

13



e to assign a reaction rate R;"*** to a concentration values the flow reactor
is typically operated differentially, i.e. only a small conversion (X; < 0.1)
is realized and Eqgn. 36 turns into Egn. 37 which allows to determine and

assign the reaction rate directly

X;

Mcat
in

n

e the lowest possible X; is determined by the analytical precision (typically
X; <0.1)

— _Re (37)

e disadvantage of differential reactor operation: the concentration of interme-
diate products are very low and can often not be measured therefore sub-

sequent reactions of intermediate products can not be followed

e solution 1: addition of the reaction intermediates to the feed stream (Fig. 7)

€10 Cii = Gy =4y

o4 Cy = Cpq =4Cy
C3, Cy = €34 ~4C3

— L A ——————
4

Differentialreaktor

o

Ay

™~

Az —= A,

Figure 7: Addition of reaction intermediates to the feed stream of a differentially

operated flow reactor (adopted from [1])

e solution 2: staged reactor (stage 1 integral, stage 2 differential, Fig. 8)

e solution 3: spatially resolved probing (Fig. 9 schematic, in practice 9)

3.4.3 Continously Stirred Tank Reactor (CSTR)

e laboratory reactors that approach the ideal Continuously Stirred Tank Reactor

(CSTR) are besides tubular flow reactors very valuable for kinetic studies in

14



ci,| ci| —4c;
Cio |
— 7727277272777 Nozzzzd—

Integralreaktor Differentialreaktor

Figure 8: Integral flow reactor as input for a differential flow reactor

heterogeneous catalysis

erywhere the same in the reactor

tions

tained from a mass balance

mass flow rates in kg/s

mtotal(y;‘OUt - Y;ZH) = Rz : Mz

- out san

gt — il = R,

- in _
s in .
_ni Xz _ Rl _ met
7
Meat Meat
Xi

— Mcat
[ S — _RZ ca

CSTR assumption: perfect mixing — the concentration of a species is ev-

Figure 12 shows some design ideas for heterogeneous catalysis applica-

the relation between reaction rate and measurable quantities is again ob-

we consider an isothermal CSTR in steady state (dm;/dt = 0), the m’s are

(38)
(39)
(40)
(41)

(42)

(43)

e Equation 43 shows that in a CSTR, in contrast to batch reactor and PFR,

the reaction rate can be measured at arbitrary large conversions X;

15
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00—
f 1 1 t t {—— Zapfstellen
‘ECi = mCi =
Cig —dwci m-1Ci —A‘mCi

Figure 9: Schematic of a flow reactor with spatial probing
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Figure 10: Spatial probing during methane oxidation on Rh [2]
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smartly chosen

m:
control volume ]
mass in ->

H poorly chosen
H i control volume

N —

Figure 11: Schematic of a CSTR and control volumes

Internally mixed Externally mixed

Berty-type Carberry-type

Figure 12: Schematics of CSTR’s for heterogeneous catalysis applications,

adopted from [3]

4 Impact of Transport on Kinetic Measurements

e in a heterogeneous system consisting of two or more phases where a com-
ponent from one phase reacts in or on the other phase, physical transport

processes (mass, heat, momentum) become important

e in industrial reactors reaction rates are maintained as high as possible and
heat and mass transport effects are normal — this is not a problem for reac-

tor design as transport and kinetics can be combined in a design equation

¢ the opposite is not true — kinetic rate equations can never be extracted from

data obtained under (significant) influence of heat and mass transport

e for this reason origin and nature of transport processes need to be clear

17



to the experimenter and the absence of transport effects has to be verified

before reporting any kinetic data

e Figure 13 illustrates how inter- and intraphase concentration and tempera-

ture gradients occur because of the finite rate of transport processes

Bulk film

Phase ﬁ&\

Co ; o
( Catalyst
To : Particle
: AN
| .C
A i T
! Interphase Intraphase Seeemee.
_
6

Figure 13: Concentration and temperature gradients from the bulk gas phase
through a stagnant film of thickness § to a particle surface and then through the

pores of the catalyst particle (exothermic reaction assumed, adopted from [4])

¢ in steady state, the rates by which mass and heat are transported between
the catalytic surface and the bulk fluid phase must equal the rates of mass

and heat generation by the chemical reaction

e with k, being a gas phase mass transport coefficient in m/s, a the external
interphase area per unit volume in m?/m? = m=!, Cy and C, the bulk and
surface concentrations respectively in mol/m3, R the effective reaction rate
in mol -m™2 - s71, k the reaction rate constant in s=1 - (m? - mole™!)"~1, n the

unitless reaction order, h the heat transport coefficientin J - s~ - m=2. K1,

18



Ty and T, the bulk and surface temperature respectively in K and AH the

heat of reaction in .J - mol~! the following balances are obtained
ky-a-(Co—Cs)=R=Fk-C} (44)
h-a-(Ty—Ty) =—-AH-R (45)

¢ the reaction rate constant at the surface k, differs of course from the reaction
rate constant under bulk gas phase conditions because the ratio of surface
and gas temperature t = T, /Ty # 1

e[ (1)

¢ in the following we will have a look first at interphase mass transport (heat
transport analogous) and then at the intraphase mass transport (heat trans-
port analogous) and their consequences for the reaction rate and kinetic
measurements, secondly we will discuss experimental and numerical cri-
teria to verify presence or absence of transport effects and finally we will

discuss experimental means to minimize these effects

4.1 Interphase and Intraphase Mass Transport
4.1.1 Interphase Mass Transport Coefficient

e a mass balance on the external particle-gas phase boundary layer (cp.
Fig. 13) supplies a functional relationship how the species concentration
varies across the external boundary layer (x axial flow direction in m, y ra-
dial flow direction in m, u flow velocity in x direction in m/s, v flow velocity in

y direction in m/s, D diffusion coefficient in m?/s)

oc  oC 0*C  9*C
U8I+U8y_D<ay2+8x2> (47)
e neglecting convection and diffusion in flow direction z yields
d*C
— = 4
T (48)

19



¢ this homogeneous second order ODE can be solved by finding the roots of

the auxiliary equation obtained by substitution

d2C 2 )\y 2
d—y2:)\Ae SN =0=X\=0,X=0 (49)

C = AV =

e as the roots of the auxiliary equation are equal, we must find an additional
linearly independent solution of the one already found (¢%)=- a smart guess

is ye%

¢ the solution of the homogeneous ODE (48), the so called complementary
function, is obtained by the linear superposition of the two individual solu-
tions

C(y) = consty + consty - y (50)

e by using two boundary physical boundary conditions: 1) aty =6 — C = C
and2)aty =0 — C = C, (see Fig. 13), the two constants of integration

can be determined
e integration yields a linear decrease of C' in the stagnant film (cp. Fig. 13):

C=(Cy—C)2L+c, (51)

SRS

¢ the phenomenological transport coefficient k, is analytically defined as the
flux of molecules through the film surface (mol - m=2 - s7!) divided by the

driving force

_ dif fusive flux D%b:é D
6

g =

= 2
driving force Co— C (52)

e Eqgn. 52 tells you that you can increase film mass transport by decreasing 4,

i.e. by increasing the flow rate (deeper discussion in Section 4.2), you can

not do much about D as it is an inherent property of your gas mixture

4.1.2 Intraphase Mass Transport Coefficient

e inside the pores of the catalyst grain, diffusion is the main transport mech-

anism but now diffusion and reaction occur in parallel — the intraphase

20



continuity equation results to
d*C
D— = 53
o7~ R (53)
e because D depends in a complicated way on porosity and tortuosity, a phys-
ical interpretation of k, inside the catalyst pores is much more complicated

and beyond the scope of this handout

4.1.3 Interphase Diffusion and Reaction

e under isothermal steady-state conditions, interphase mass transport and
the surface reaction rate equal (here first order reaction for simplicity), the
concentration at the surface C, can be expressed in terms of bulk conditions
and mass transport

Co Co

1+§Z:1+Da0

ky-a-(Co—Cy)=R=kC, = C,= (54)

e Day is a so called Damkohler number, the ratio of surface chemical reaction

rate to bulk mass transport

e it is instructive to compare the effective, experimentally observed reaction
rate R with Ry, the rate without mass transport resistance, leading to the

external effectiveness 7 = R/ Ry

o forn=1
kECy 1 1
N = = = 55
=R/ = T Dy kCy ~ 1+ Dag (59)
e forn=1/2
_ 2+ Da3 4
S Y e
o forn =2
1
1= R/Fo = |55 (VI T 4Da - 1) (57)
a
e where always
n—1 : :
Dag = kCy~"  chemical reaction rate (58)

kqa mass transport rate

21



e Fig. 14 shows the 7n=f(Day) relationship for reactions of different orders =
you can see that i) the impact of interphase transport limitation increases
with the reaction order and ii) that for negative reaction orders (reactant
inhibition) 77 increases unity

10

0.1

1 I A o O T 1 T O W I 1 ) 1 I S W

1 1
0.01 0.1 1.0 10
Da,

Figure 14: Isothermal external catalytic effectiveness for reaction order n [4])

¢ if we knew the Damkoehler number we could calculate  and assess the
importance of interphase mass transport on our observed reaction rate —
problem: k£ and hence Da are usually not known — we have to find a relation

between 7 and something we can measure

e because the measurable reaction rate R = 7kC, = kC, and k = 77k we have

=7n— =nDa = (59)

e in contrast to Da, nDa is measurable (we measure R, know Cy, k, comes
out of a transport correlation e.g. for packed beds and a can be calculated

from the particle geomtrey)

e what we need is a relationship between 7 and 7Da, this can be obtained

from a heat balance

e ingeneral Ty # T, Cy # Cy and kg # kg

_ ks (C\"
=5 (a) (©0)
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e from Eqn. 44 we know that

C R
S _ . 1
CO k’gCLOO (6 )
e hence, from Egn. 59
C
—* —-1-7D 2
o nDa (62)

e and our relationship results to Eqn. 63, which is graphically displayed in

Figure 15
i =>(1—7Da)" (63)

0.1

1 1 L
0.001 0.01

= R,
1 Day :C_Ok?

Figure 15: Isothermal external catalytic effectiveness in terms of observables for
order n [4])

e for nonisothermal systems (¢t = T, /T, and ¢y = E/RT)
E = 6_%(%5_%0> = ei%To(%il) — 6750(%*1) (64)

e from Egn. 45 we get

t

_ T, AHR _ (-AHkaCy\( R
N TO N hCLTO N hCLT() k’gCLCO

>:1+B-77Da (65)

23



e inserting Eqgn. 65 into Egn. 64 and Egn. 63 yields Eqn. 66, graphically shown
in Figure 16

—3-fDa )

i = (1 o ﬁD&)neiso(quBi]Da (66)

4.1.4 Intraphase Diffusion and Reaction

e in the pores of the catalyst particle, diffusion and reaction occur in parallel in
contrast to interphase transport where diffusion and reaction occur in series
= the deeper the catalytic sites are inside the particle the harder they are

accessible and the lesser they contribute to the overall reaction rate (Fig. 17)

e at steady state the moles of a reactant species diffusing into a differential
spherical volume element minus the moles diffusing out of the differential

spherical volume element must equal the moles converted by the chemical

reaction
d(flux - area) = RdV mol-, m® = mol -m? (67)
m2s m3s
d(fluz - area) d [—D (%) 47?7’2} B .
av =h= Arr2dr =k (68)
e this leads to the following differential equation
d*C  2dC .
D (er + rclr) = kC (69)

e by introducing f = C/Cs and p = r/R,, Eqn. 69 is made dimensionless
leading to , N

e the term in parentheses on the rhs of Eqn. 70 is the square of the Thiele
Modulus ¢, which measures the ration of chemical reaction rate relative to
the intraphase (pore) diffusion rate

_ RkCT!

¢ = (1)
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Figure 16: External nonisothermal effectiveness 7 vs. observables (n = 1, ¢y =

10) [4])

Figure 17: Concentration profile of a reactant from the bulk gas phase (C) to the

particle surface (C,) to the center of a catalyst particle with radius R, [4]
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Egn. 70 can be solved for reactions of different order using the boundary
conditions df /dp=0atp=0and f=1latp=1

for a first order reaction n = 1 the solution reads to

C stnh ¢p

= e psinho 72)

now, an isothermal effectiveness factor can be defined comparing the ob-
served rate with transport limitations to the rate without transport limitations

(C = C, throughout the catalyst particle)

o 2
"= V/ KCdV = (4/3)7TR30 / Crldr (73)
integration yields
3/ 1 1
n= 3 (tanhgb — ¢> o (pcoth ¢ — 1) (74)

the hyperbolic sine sinh(x), the hyperbolic cosine cosh(x) and the hyperbolic

tangent tanh(x) arise frequently in science and engineering problems

the hyperbolic functions are related to the exponential functions as follows,

a graph is shown in Figure 18

sinh(z) = ; (ex — 6_:0) (75)
cosh(x) = ; (em + e_m) (76)
tanh(z) = sz —T— Z::; (77)

Figure 19 shows the n = f(¢) relationship for different reaction orders n =
note that similar to film transport, the impact of pore transport increases with

reaction order
for large ¢, n approaches 3/¢

with this simple relationship we can now explore the impact of pore transport

on experimentally measured kinetic parameters
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Figure 18: Shapes of the hyperbolic functions sinh(z), cosh(z) and tanh(x)
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Figure 19: Dependence of n on the Thiele Modulus ¢, adopted from [3]

4.1.5 Impact of Transport Limitations on Measured Kinetic Parameters

e lets first assume interphase (film) mass transport limitations have been re-
moved (C = Cy) but there are strong intraphase (pore) transport limitations

(n ~ 3/¢) = the measured reaction rate is determined by (use of Eqn. 71)

. 3kCy 3kCY 3(kD)Y? i1y —
R - 77]{:00 - ¢ - kcn—l 1/2 - R CO = k’meas . OO
W)

(78)

e Eqn. 78 gives you already a hint how to check experimentally on intraphase
mass transport limitations (make R, smaller and see if R changes), but more
importantly, it tells you how your measured reaction order n and activation

energy E, deviate from the true values
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4.2

in the regime of pore diffusion control, the measured reaction order is related

to the true reaction order by

Nmeas = (M +1)/2 (79)

because k = kg - exp(—Ey/RT) and D = D, - exp(—Ep/RT)

Ex+Ep

(k:D)l/2 = (koDo)l/Qea:p_ 2RT (80)

if you make an Arrhenius plot of your measured in(R) vs. 1/T you will find
in case of dominating pore transport (Eqn.78)

E,+ Ep

In(R) = const. — SRT

(81)

and because the activation energy for diffusion is very small, much smaller
than typical activation energies for catalytic reactions (Ep << E})

Ek+EDN%

Emeas = ~ 2
5 5 (82)

over the entire investigated temperature range your Arrhenius plot might ac-
tually look like Figure 20 = i) at low temperatures (1/7" high) chemistry is
slow and you measure true reaction kinetics (E,,...s = Ey), ii) if the temper-
ature is increased (1/7 decreases) the reaction inside the catalyst particle
speeds up and pore diffusion becomes significant (E,...s ~ Fy/2), iii) at
high temperatures (small 1/7" values) the chemistry is so fast that every in-
coming reactant molecule is immediately consumed at the outer layer of the
catalyst particle (Cy — 0) and interphase (film) transport is the slowest step
(Emeas = 0)

Checking and Avoiding Transport Impact

there are a number of numerical criteria in the literature to verify the ab-
sence of interphase and intraphase transport limitations (see Fig. 21 and for

details [1, p.145,146 and references therein])
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Figure 20: Change of measured activation energy by inter- and intraphase mass

transport, adopted from [5]

e these numerical criteria contain the measured reaction rate, catalyst dimen-

sions, porosity, mass and heat transport coefficient, diffusion coefficient etc.

e it is beyond the scope of this lecture to discuss these numerical criteria in
detail, however, two simple experimental tests to check for interphase and

intraphase transport can be devised based on the material presented in this

script
o for interphase (film) mass transport we have learned that R = kC, = -
kga
(Eqgn. 54) and with k£, = D/§ (Eqgn. 52) we obtain
R= kc(;é (83)
1+ Da

e if the R does not change by decreasing ¢ interphase mass transport is suf-

ficiently fast

e § can be decreased by i) increasing the flow rate n) in a PFR at constant
meat /7Y = meq has to increase as well, ii) by increasing the internal cir-
culation in a Batch or CSTR reactor (propeller speed) or iii) increasing the

recirculation ratio in a reactor with external recirculation
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146 Zusammenwirken chemischer Reaktion und Transportvorginge — Makrokinetik

Tab. 6.2 Kriterien zur Abschitzung vernachlissigbarer Transportwiderstinde fiir das Katalysator-
korn beim Ablauf einfacher Reaktionen

Transportwiderstand Kriterium Giiltigkeitsbereich Lit.
Bemerkungen
duBerer Stoffiibergang Eoiuedy” <k n>09 aF
am Katalysatorkorn — AT D, ? m=1
Rrepsipit Ko 67
Py,ett by % - n =095 fiirm=1 37
20-9ka, |ml Ty, epe (Mol -cm ™3 - s71)
4
213201}_; eﬂ't’tgp3 < 0’01 e = ﬁ 38
D, aRe™' Sc™ ¢, va
Sc = v[D;
a dubere Partikelober-
fliche/Volumen
Porendiffusion im == 1=2095m+0,m>0 §3 )
Katalysator e <6 m=
o ut% 1, <06 m=1 72095 *
4(1—e)Df¢ , <03 He
j| 40,
M m=+0 1130,95,m:i:0,m>0 37
duBerer Wirmeiibergang (= AHp) 7y cedy  E 015 0,95 <5 £1,05 37
am Katalysator (1—ehT,2 RT, h Wirmeiibergangskoeffi-
zient Gas/Katalysator
Wirmetransport im <1 -
Katalysator hd
B =2 L w7 s
Ay .
<10 0,95 <5 <1,05 ot
(—4Hg)r, crfdﬁ RT, 43
off7p - <p<
dd—e) T, 7 095=y=<1,05
Kombinierte Stoff- und Wirmetransport- |m—7yB|£0 4

vorgéange fiir den Katalysator

Wirme- und Stofftrans-
port im Katalysator

Wirme- und Stofftrans-
port am und im
Katalysator

|m _ysﬁs|d1.5< 1

140,33 p 04
|m - ygﬁg[(l =+ 0933ma2)a3.g

be % |

0,95<75 < 1,05
F) (—AHR) rv,et'fdp

T A — T,
e rv,effdp
21 —e)k, 615
rv,effdxf
o= 4(1 —e) Dfcy g6
g o (—4Hg) Dfc;
= ATys
E
Yers = Fg/’s

37

Figure 21: Numerical criteria to verify the absence of transport limitations for

simple reactions, adopted from [1]
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e Figure 22 shows the effect for the first and the last case

a b

Xi, ex Afibergangehemmung r Stoffiibergangshemmung

myat/V = const.

bzw.
mKat/ﬁges = const.
u bzw. V/emd3 VRick /V

Figure 22: Experimental verification of interphase mass transport by decreasing
the film thickness ¢ in a) PFR reactor and b) reactor with external recirculation,

adopted from [1]

e if intraphase (pore) mass transport limitations are pronounced we have learned
that the reaction rate depends inversely on the radius of the catalyst particle

Rp
_ 3(kD)'/? On+1)/2

e (84)

e a simple experimental test to verify absence of intraphase (pore) transport
limitations is to use smaller catalyst particles at constant catalyst mass =- if

R increases, pore transport is slow and impacts kinetic measurements

31



References

[1] M. Baerns; H. Hofmann; A. Renken. Chemische Reaktionstechnik Band 1.
Wiley-VCH, 3rd edition, 1999.

[2] R. Horn; K. A. Williams; N. J. Degenstein; L. D. Schmidt. Mechanism of
hs and co formation in the catalytic partial oxidation of ch, on rh probed by
steady-state spatial profiles and spatially resolved transients. Chem. Eng.
Sci., 62:1298-1307, 2007.

[3] F. Kapteijn; J. A. Moulijn. Handbook of Heterogeneous Catalysis, volume 3,
chapter 6, pages 1189-1261. Wiley-VCH, 1997.

[4] M. A. Vannice. Kinetics of Catalytic Reactions. Springer, 1st edition, 2005.

[5] G. Emig. Skriptum zur kernvorlesung reaktionstechnik. online - not available

anymore, 1999.

32



